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ABSTRACT
The article deals with chiral separation by simulated moving bed (SMB)
chromatography. When mass transfer resistances are negligible,
equilibrium theory provides explicit criteria for the choice of the
SMB operating conditions. However, in the presence of mass transfer
resistances, the SMB operating conditions should be evaluated through
simulation. Using a package based on the analogy with the true moving
bed operation, this work shows how mass transfer resistance can affect the
conditions for enantiomers separation, as well as the critical values stated
by equilibrium theory. The concept of separation volume is applied to
show how the flow-rate constraints, in presence of mass transfer
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resistances, have to be modified for chiral separations in which the
adsorption equilibrium isotherms of both enantiomers are of linear þ
Langmuir type.
Key Words: Separation volume; Simulated moving bed; Chiral
separation; Modeling; Numerical simulation.
INTRODUCTION
For many years it was common practice to market chiral drugs as
racemates. However, the situation is rapidly changing and, since the early
nineties, there has been an increasing interest in the separation of racemic
mixtures, especially for therapeutic purposes. When chiral drugs are made
without including an enantiomeric reagent or catalyst in their synthesis, the
result is a 50–50 mixture of the two enantiomers, called racemate. These two
enantiomers frequently have different biological activity: one enantiomer can
be beneficial; whereas the other may not have the same function. Instead, the
second isomer may be inactive or, in the worst scenario, may have adverse
properties. Consequently, regulatory agencies require now the drug developers
to quantify the pharmacological and toxicological effects of individual enan-
tiomers as well as the racemate, and to produce a single enantiomer drug
substance if the result of either the pharmacokinetics or the toxicological of
the enantiomers is significantly different.[1,2]
Basically, there are two approaches to obtain enantiomerically pure
compounds. The first consists of preparing the racemic material that is later
resolved into its two enantiomeric forms. The second method is based on a
stereoselective synthesis and leads to the production of only one enantiomer.
This last approach has been widely used although, in many cases, the process
can be uneconomical due to the greater number of steps and the costly
enantiomeric reagents needed.[3] Moreover, the yields of these processes are
often low or moderate at best.[2]
Chiral chromatographic resolution of enantiomeric species is becoming
of increasing importance in the development and the production of pharma-
ceutical drugs. In the past, large-scale chromatographic separations were
limited, mainly due to the high cost of the adsorbent, the high dilution of
products, and the large amounts of mobile phase needed. In view of these
demands, simulated moving bed (SMB) technology[4] has been recently
applied to the pharmaceutical industry. Its use on a production scale has been
considered as an alternative to the up to now leading techniques, such as
enantioselective synthesis or diastereoisomeric crystallization. Several pharma-
ceutical companies and custom chemical manufacturers are installing
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commercial-scale SMB units for producing enantiomeric compounds. The list
is rapidly increasing and includes Aerojet Fine Chemicals (USA), Bayer
(Germany), CarboGen Laboratories (Switzerland), Chiral Technologies
(USA), Daicel (Japan), Honeywell Specialty Chemicals (Ireland), H. Lundbeck
(Denmark), Merck (Germany), UCB Pharma (Belgium), and Universal Pharma
Technologies (USA).[5 – 9]
A SMB adsorber is essentially a binary separator, so it is particularly
appropriate for chiral separations. Briefly, SMB chromatography allows the
continuous injection and separation of binary mixtures. The simulated
countercurrent contact between the solid and liquid phases maximizes the
mass-transfer driving force, leading to a significant reduction in mobile and
stationary phases consumption when compared with conventional batch
chromatography. Hence, with SMB technology, large-scale separations can
now be carried out under cost-effective conditions.[10 – 13]
The principle of SMB operation can be best understood by reference to
the equivalent true moving bed (TMB) process. In the ideal TMB operation,
liquid and solid flow in opposite directions (Fig. 1). Furthermore, liquid and
adsorbent streams are continuously recycled: the liquid flowing out of Section 4
is recycled to Section 1, while the solid coming out of Section 1 is recycled to
Section 4. The feed is continuously injected in the middle of the system and
two product lines can be collected: the extract, rich in the compounds that are
more retained and so preferentially carried with the solid phase, and the
raffinate, rich in the less retained species that move upward with the liquid
phase. Pure eluent is continuously injected at the beginning of Section 1, with
the liquid recycled from the end of Section 4. In the TMB operation, the solid
flow rate is constant all over the unit. However, due to the injection and
withdrawal points, the liquid flow rates differ from section to section, allowing
the four sections of the unit to perform different functions.
Figure 1. Schematic diagram of a TMB with the desired net fluxes of the two
components in each section.
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The operation of a TMB introduces problems concerning the movement
of the solid phase. A uniform flow of both solid and liquid is difficult to obtain.
Also, mechanical erosion of the adsorbent phase will occur. In view of these
difficulties, a SMB technique was developed to retain the process advantages
of continuous and countercurrent flow without introducing the problems
associated with the actual movement of the solid phase.[4,14] In the SMB
system, the solid phase is fixed and the positions of the inlet and outlet streams
move periodically. This shift, carried out in the same direction of the liquid
phase, simulates the movement of the solid phase in the opposite direction.
However, it is impractical to move the liquid inlet and withdrawal positions
continuously. Nevertheless, approximately the same effect can be obtained by
dividing the adsorbent bed into a number of fixed-bed columns and providing
multiple access lines for the liquid streams between each column. Thereby, the
four liquid access lines between each column can be used to perform a discrete
movement of the inlet and outlet streams in the same direction of the liquid
phase.
The selection of the SMB operating conditions is not straightforward. The
main problem of the SMB operation consists in choosing the right solid
(switch time interval) and liquid flow rates. Designed for high-productivity
separations, SMB units usually operate at high-feed concentrations, leading
to nonlinear competitive adsorption behaviors. Therefore, modeling and
simulation tools are of crucial importance before running the system. The
problem of modeling a SMB separation process can be analyzed by two
different strategies: one, by simulating the system directly, taking into account
its intermittent behavior, the other by representing its operation in terms of a
true countercurrent system. The first model represents the real SMB and
considers the periodic switch of the injection and collection points. The
second is developed by assuming the equivalence with the true moving bed,
where solid and fluid phases flow in opposite directions. Several academic
contributions in this field were published in the last years and a literature
survey on the subject can be found elsewhere.[5,6,15 – 17]
The model used in this work considers axial dispersion flow for the bulk
fluid phase, and the linear driving force (LDF) approximation is used to
describe the intraparticle mass transfer rate. This and more complex models,
such as the inclusion of a bilinear driving force approximation to account for
intraparticle diffusion or the assumption of noninstantaneous equilibrium at
the solid–fluid interface, were used by our group to study the effects of
deviations from the equilibrium, particularly the effects of mass transfer
resistances on the performance of SMB units.[18 – 25]
The objective of this work was to study the influence of mass transfer
resistance on the selection of the SMB operating conditions and on the flow-
rate constraints for nonlinear chromatographic separations of enantiomers.
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In particular, the concept of separation volume was used to illustrate how
the flow-rate constraints have to be modified in presence of mass transfer
resistances and how these modifications affect the performance of the SMB
process in terms of solvent consumption and adsorbent productivity.
DESIGN OF SMB CHIRAL SEPARATIONS
The prediction of the SMB operation can be carried out through the
equivalent TMB approach, if the SMB system has a certain degree of
subdivision of the adsorbent bed. As it was shown in a previous work,[17] for
SMB units with, at least, two columns per section, the steady-state perfor-
mance as well as the concentration internal profiles can be properly evaluated
by using the TMB model. For the particular chiral system studied in this work
and described later, and for the operating conditions and model parameters
presented later in Table 4, numerical simulations using both SMB and TMB
models show very similar results in terms of extract and raffinate purities. For
a mass-transfer coefficient of k ¼ 0.22 s21, the TMB model predicts 100%
pure extract and raffinate, while the SMB model predicts 99.9% for extract and
100% for raffinate. For k ¼ 0.165 s21, TMB predicts 99.9 and 100%, counter
the prediction for SMB, 99.6 and 99.9%. For k ¼ 0.11 s21, TMB predicts 99.3
and 99.6%, counter the prediction for SMB, 98.4 and 99.1%. Note that
k ¼ 0.11 s21 is the lower value of the mass-transfer coefficient used in this
work. On the other hand, the objective of this work was to study the influence
of mass transfer resistances on the SMB performance, and compare it to the
one predicted by the equilibrium theory. Since equilibrium theory also uses
the true moving bed equivalence, the TMB model was used to ensure an
effective comparison.
The design problem of a TMB consists of setting the flow rates in each section
to obtain the desired separation. Some constraints have to be met if one wants to
recover the less adsorbed component A in the raffinate and the more retained
component B in the extract. These constraints are expressed in terms of the net
fluxes of components in each section. As it was pointed out earlier (see Fig. 1),
in Section 1, both species must move upward, in Sections 2 and 3, the light
species must move upward, while the net flux of the more retained component
must be downward, and in Section 4, the net flux of both species have to be
downward, i.e.,
Q1cB1
QSqB1
. 1;
Q2cA2
QSqA2
. 1 and
Q2cB2
QSqB2
, 1
Q3cA3
QSqA3
. 1 and
Q3cB3
QSqB3
, 1;
Q4cA4
QSqA4
, 1 (1)
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where Q1, Q2, Q3, and Q4 are the volumetric liquid flow rates in the various
sections of the TMB,QS is the solid flow rate, cAj and cBj are the concentrations of
species A and B in the liquid phase, and qAj, qBj are the adsorbed concentrations of
components A and B, in section j. The same constraints can be expressed
alternatively in terms of fluid and solid interstitial velocities. Defining the
dimensionless parameter gj ¼ nj/us as the ratio between fluid and solid interstitial
velocities in zone j and 1/(1 2 1) as the ratio between fluid and solid volumes, the
constraints defined by Eq. (1) become:
g1 .
1 1
1
qB1
cB1
1 1
1
qA2
cA2
, g2 ,
1 1
1
qB2
cB2
1 1
1
qA3
cA3
, g3 ,
1 1
1
qB3
cB3
g4 ,
1 1
1
qA4
cA4
(2)
For the case of a binary system with linear adsorption isotherms,
qij/cij ¼ Ki is constant, and very simple formulas can be derived to evaluate
the better TMB flow-rates.[15] For nonlinear systems, however, the evaluation
of the better flow rates is not straightforward. It is well known that, for the
majority of the binary systems (chiral mixtures included), the adsorption
behavior must be described with more complex models, such as, the nonlinear
competitive adsorption isotherm. For this kind of system, the adsorbed
concentration of a component in equilibrium with its concentration in the
liquid phase depends not only on its own, but also on all other species,
concentrations. It means that the ratio between the adsorbed-phase and fluid-
phase concentrations that influences the net fluxes of both components in the
TMB operation [Eqs. (1) or (2)] is no longer constant but concentration-
dependent.
Morbidelli and co-workers developed a complete design of the binary
countercurrent separation processes by SMB chromatography in the frame
of the equilibrium theory. They assumed that mass transfer resistances and
axial dispersion are negligible, and the adsorption equilibria were described
through a variable selectivity modified Langmuir isotherm.[26] The
conditions to achieve complete separation were evaluated considering
the equivalent true moving bed operation. Following the assumptions of the
equilibrium theory, they provided explicit criteria for the choice of the
SMB operating conditions that lead to complete separation of a binary
mixture. The region for complete separation was defined in terms of the
flow-rate ratios in the four sections of the equivalent true moving bed unit,
mj, and are related to the gj ratios used in this work by gj ¼ (1 2 1)mj/1.
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Table 1 presents the necessary and sufficient conditions for complete
separation considering Langmuir isotherms:
qi ¼
QbiCi
1þ bACA þ bBCB , (i ¼ A, B) (3)
The equations presented in Table 1 can also be used when a modified
Langmuir isotherm (linear þ Langmuir) is considered:
qi ¼ mCi þ
QbiCi
1þ bACA þ bBCB , (i ¼ A, B) (4)
In this case, the complete separation region provided by the equations
presented in Table 1 must be shifted by using the relation mj
L ¼ mjL þ m,
where mj
L is the value obtained considering only the Langmuir term (by using
equations in Table 1) and m is the linear coefficient of the linear þ Langmuir
isotherm [Eq. (4)].
However, several investigators have noticed that deviations from the
equilibrium due to nonideal effects, such as axial dispersion and mass transfer
resistances, have important influences on the purity performance of the SMB
process. This is true for linear systems[22 – 24,27 – 30] and also for systems
described by nonlinear adsorption behaviors.[18 – 20,31 – 37] Consequently, if
mass transfer effects are important, the operating conditions obtained by the
equilibrium theory design must be modified, i.e., the region for complete
separation defined by the equilibrium approach is reduced under nonideal
conditions.[18,19,22,23,35,36] As we will show in the present work, mass transfer
resistance can modify the better SMB operating conditions, leading to
significant differences in the performance parameters such as productivity and
solvent consumption. As it was already noticed for linear systems,[22] the
constraints for Sections 1 and 4 will also be changed and will no longer depend
solely on equilibrium data. The simulation studies show that there are new
limiting values for the flow-rate constraints in the presence of mass transfer
effects. This is better illustrated by using the concept of separation volume,
which allows visualization in a three-dimensional (3-D) plot, e.g.,
g1  g2  g3 of the volume region where separation can be achieved within
the purity constraints fixed by the operator.
Steady-State TMB Model
To predict the steady-state performance of a SMB separation process, one
can use the TMB model with obvious advantages in computing timesavings.
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Table 1. Operating conditions for complete separation under equilibrium theory:
Langmuir adsorption isotherms.[26]
lB ¼ m1, min , m1 , 1 (5)
m2, min(m2, m3) , m2 , m3 , m3, max(m2, m3) (6)
0 , m4 , m4, max(m2, m3) ¼ 1
2

lA þ m3 þ bACAF(m3  m2)

ﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
[lA þ m3 þ bACAF(m3  m2)]2  4lAm3
p 
(7)
Boundaries of the complete separation region in the (m2, m3) plane:
Straight line wr: [lB 2 vG (1 þ bB CBF)] m2 þ bB CBF vG m3 ¼ vG (lB 2 vG);
Straight line wa: [lB 2 lA (1 þ bB CBF)] m2 þ bB CBF lA m3 ¼ lA (lB 2 lA);
Curve rb: m3 ¼ m2 þ (
ﬃﬃﬃﬃﬃ
lB
p  ﬃﬃﬃﬃﬃﬃm2p )2
bBCBF
; Straight line ab: m3 ¼ m2 (8)
The coordinates of the intersection points are given by:
point a: (lA, lA); point b: (lB, lB);
point r:
vG
2
lB
,
vG[vF(lB  vG)(lB  lA)þ lAvG(lB  vF)]
lAlB(lB  vF)
 
and
point w:
lAvG
lB
,
vG[vF(lB  lA)þ lA(lA  vF)]
lA(lB  vF)
 
(9)
(continued )
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Moreover, if we are interested in characterizing only the steady-state
operation, we can develop a steady-state TMB model, which is simpler to
implement. In fact, the original problem represented by a set of partial
differential equations will be simplified to a set of ordinary differential
equations.
The SMB performance under nonlinear conditions and considering mass
transfer resistance was evaluated by numerical simulation. The model
equations result from the mass balances over a volume element of the bed and
at a particle level. Axial dispersion flow for the bulk fluid phase is included
and the linear driving force approximation is used to describe the intraparticle
mass transfer rate. Table 2 summarizes the steady-state TMB model equa-
tions, boundary conditions, and mass balances at the nodes between each
section. The resulting model parameters are: the ratio between solid and fluid
volumes, (1 2 1)/1; the ratio between fluid and solid interstitial velocities,
gj ¼ vj/us; the Peclet number, Pe ¼ vjLj/DLj; the number of mass transfer
units, aj ¼ kLj/us; and the adsorption equilibrium parameters.
The steady-state TMB model presented before was numerically solved by
using COLNEW software.[38] This package solves a general class of mixed-
order systems of boundary value ordinary differential equations and is a
modification of the COLSYS package developed by Ascher et al.[39,40] Each
section of the TMB unit is defined by four ordinary differential equations
(ODEs): for each component, there is an ODE resulting from the mass balance
in a volume element of the bed and another resulting from the mass balance in
the particle. Since the TMB unit is composed by four sections, and considering
a binary separation, the steady-state TMB model is defined by a set of 16 ODEs.
Performance Parameters
To characterize the steady-state SMB performance, three process
parameters are used: purity, productivity, and solvent consumption. These
parameters are defined for the case of a binary separation (racemic mixture) in
with vG . vF . 0, which are given by the roots of the following quadratic equation:
(1þ bACAF þ bBCBF)v2  [lA(1þ bBCBF)þ lB(1þ bACAF)]vþ lAlB ¼ 0
(10)
In the above equations, CA
F and CB
F are the feed concentrations of species A and B,
respectively, and li ¼ Qbi, (i ¼ A, B).
Table 1. Continued.
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Table 2. Model equations for the steady-state TMB model.
Mass balance in a volume element of the bed j:
1
Pej
d2cij
dx2
 dcij
dx
 1 1
1
aj
gj
(qij  qij) ¼ 0 (11)
Mass balance in the particle:
dqij
dx
þ aj(qij  qij) ¼ 0 (12)
Boundary conditions for section j:
x ¼ 0: cij  1
Pej
dcij
dx
¼ cij,0 (13)
where cij,0 is the inlet concentration of species i in section j.
x ¼ 1: for the eluent node, ci4 ¼ v1
v4
ci1,0;
for the extract node, ci1 ¼ ci2,0;
for the feed node, ci2 ¼ v3
v2
ci3,0  vF
v2
ci
F ;
for the raffinate node, ci3 ¼ ci4,0 (14)
and
qi4 ¼ qi1,0, qi1 ¼ qi2,0, qi2 ¼ qi3,0, qi3 ¼ qi4,0 (15)
Global balances:
eluent node, v1 ¼ v4 þ vE; extract node, v2 ¼ v1  vX;
feed node, v3 ¼ v2 þ vF; raffinate node, v4 ¼ v3  vR (16)
Multicomponent adsorption equilibrium isotherm:
qAj ¼ fA(cAj, cBj) and qBj ¼ fB(cAj, cBj) (17)
Note: In the above equations, i ¼ A, B refers to the species in the mixture, and
j ¼ 1, 2, 3, 4 is the section number.
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which the less retained species A is recovered in the raffinate and the more
retained component B is recovered in the extract. The purity is defined for both
product lines, extract and raffinate. Extract purity is defined as the ratio
between the concentration of the more retained component and the total
concentration of the two species in the extract. An analogous definition is used
for raffinate purity, considering that the target compound is now the less
retained species. A productivity parameter is also defined for each component;
it corresponds to the total amount of the target species produced in the
correspondent outlet line (extract for B, raffinate for A) divided by the total
volume of adsorbent used. Solvent consumption is defined as the total amount
of solvent used (in eluent and feed) per unit of racemic amount treated. Table 3
summarizes the performance parameters used.
RESULTS AND DISCUSSION
Chiral System
The chromatographic resolution of a racemic mixture of chiral epoxide
enantiomers (Sandoz Pharma, Basel, Switzerland) was considered for simu-
lation purposes. The chiral stationary phase used in this system is micro-
crystalline cellulose triacetate (Merck, Darmstadt, Germany) with an average
particle diameter of 45mm and pure methanol used as eluent. The adsorption
equilibrium isotherms were measured at 258C and are represented by a
linear þ Langmuir competitive model:[19]
qA ¼ 1:35CA þ
7:32 0:087CA
1þ 0:087CA þ 0:163CB (18a)
qB ¼ 1:35CB þ
7:32 0:163CB
1þ 0:087CA þ 0:163CB (18b)
The chromatographic resolution of these chiral epoxide enantiomers was
experimentally carried out using SMB technology (Licosep 12-26 pilot unit,
Table 3. SMB performance parameters.
Performance parameters Extract Raffinate
Purity (%) 100CB
X/(CA
X þ CBX) 100CAR/(CAR þ CBR)
Productivity (g/day Lbed) QXCB
X/Vbed QR CA
R/Vbed
Solvent consumption (L/g) (QE þ QF)/(QF(CAF þ CBF))
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Novasep, France) under operating conditions similar to the ones used in this
work: eight chromatographic columns (Dc ¼ 2.6 cm  Lc ¼ 9.9 cm) were
used with a configuration of two columns per section; feed concentration of
5 g/L of each enantiomer. In a first study,[19] an extract purity of 90.0% and
raffinate purity of 91.6% were obtained, with a solvent consumption of 0.40 L
of solvent per g of racemic mixture treated. Later,[20] for the same system,
SMB operation led to a separation with 99.6% extract purity, 97.5% raffinate
purity, and a solvent consumption of 1.34 L/g.
Influence of Mass Transfer Resistances on g3 3 g2
Separation Region
The conditions for a complete separation of a binary mixture can be
defined in terms of the gj model parameters, which are directly related with
the TMB operating variables (fluid and solid velocities in the four sections of
the TMB unit). From the constraints presented in Eq. (2), those related to
Sections 2 and 3 play the crucial role on the separation performance of the
TMB, since is in these central zones that the separation between the two
species takes place. The role of the adjacent Sections (1 and 4) is to prevent
cross contamination and to allow the improvement of the continuous
operation of the system by regenerating the solid and liquid phases.
Nevertheless, the choice of g1 and g4 values is also important since it is
directly related to solvent consumption. Taking into account these con-
siderations, a region of complete separation in a g3  g2 plane can be
defined. Considering that the constraints concerning Sections 1 and 4 are
fulfilled, the g3  g2 plot is an important tool in the choice of best operating
conditions.
If mass transfer resistance is important, we may not obtain a region for
complete separation (100% pure enantiomers). In these cases, a purity criteria
can be proposed and the region of separation (where both enantiomers purities
are at least equal to the proposed purity criteria) can be evaluated using the
steady-state TMB model described before.
The study of the influence of mass transfer resistance in the separation
region was carried out keeping constant the internal liquid flow rates in
Section 1 and 4 and also the solid flow rate, i.e., the ratio between fluid and
solid interstitial velocities is fixed for Sections 1 and 4. Table 4 presents the
operating conditions and model parameters used in the evaluation of the sepa-
ration regions. Under these conditions, the eluent flow rate is constant and
equal to QE ¼ (g1 2 g4)1Vc/t ¼ 25.03 mL/min. It should be pointed out that
the values used for g1 and g4 are both far away from the critical values stated
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by the equilibrium theory. For Section 1, and considering mass transfer
resistances negligible:
g1 . g
min
1 ¼
(1 1)
1
(mþ QbB) ¼ (1 0:4)
0:4
(1:35þ 7:32 0:163)
¼ 3:815 (19)
In Section 4, the maximum value for g4 depends of the values of the flow-
rate ratios g2 and g3. Nevertheless, the minor value for g4
max occurs for the
vertex of the separation region in the g3  g2 plane, which corresponds to the
better operating conditions since both solvent consumption and adsorbent
productivity are optimized. Considering the equilibrium theory and for the
operating conditions presented in Table 4, the vertex (point w in Fig. 2) is
characterized by g2 ¼ 2.745 and g3 ¼ 2.997, which leads to
g4 , g
max
4 ¼ 2:714 (20)
Figure 2 shows the separation regions obtained by simulation for different
values of the mass-transfer coefficient using a 99% purity criteria. Inside each
region both the raffinate and the extract are at least 99% pure. Also shown is
the complete separation region (100% pure extract and raffinate) considering
Table 4. Operating conditions and model parameters for the g3 2 g2 plane.
SMB Equivalent TMB
Column diameter: Dc ¼ 2.6 cm Section length: Lj ¼ 2Lc ¼ 19.8 cm
Column length: Lc ¼ 9.9 cm
Configuration: 2 columns per
section
Bed porosity: 1 ¼ 0.4
Peclet number: Pe ¼ 1000 Peclet number: Pej ¼ 2Pe ¼ 2000
Feed concentration:
CA ¼ CB ¼ 5 g/L
Switch time interval (min): t ¼ 3.3 Solid flow rate (mL/min):
Qs ¼ (1 2 1)Vc/t ¼ 9.56
Flow rate in Section 1 (mL/min):
Q1
 ¼ 42.83
Flow rate in Section 1 (mL/min):
Q1 ¼ Q1 2 QS 1/(1 2 1)
¼ 36.46; g1 ¼ 5.722
Flow rate in Section 4 (mL/min):
Q4
 ¼ 17.79
Flow rate in Section 4 (mL/min):
Q4 ¼ Q4 2 QS 1/(1 2 1)
¼ 11.42; g4 ¼ 1.793
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that mass transfer resistance is negligible (equilibrium theory). It can be
concluded that mass transfer resistance can reduce significantly the region of
separation of both enantiomers and that the region obtained for a lower mass-
transfer coefficient lies inside the region obtained when mass transfer resis-
tance is not so important. For mass-transfer coefficients lower than 0.11 s21,
there is no 99% separation region. Although there are some differences
between the two separation regions, the vertex point obtained considering the
equilibrium theory is reached for k ¼ 0.33 s21.
Looking for the vertex points of the different separation regions presen-
ted in Fig. 2, we conclude that the mass transfer resistance also influences
the better SMB operating conditions. Briefly, the lower the mass-transfer
coefficient, the lower the maximum feed flow rate allowed in the SMB
operation to obtain a desired enantiomers purity. Figure 3 shows the ratios
between the real productivity [Fig. 3(a)] and solvent consumption [Fig. 3(b)]
considering mass transfer resistance and the one obtained considering the
equilibrium theory. According to Table 3, a productivity parameter is defined
for each species, and corresponds to the amount of component (A or B)
Figure 2. Influence of mass transfer resistance on the separation region (99% purity
criteria). Also shown is the separation region considering equilibrium theory (100%).
Operating conditions as in Table 4.
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Figure 3. Influence of mass transfer resistance on the better SMB operating
conditions (vertex points). (a) Ratio between the real productivity considering mass
transfer resistance and the one obtained considering equilibrium theory; and (b) ratio
between the real solvent consumption considering mass transfer resistance and the one
obtained considering equilibrium theory. Operating conditions as in Table 4.
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produced in the outlet stream (raffinate or extract, respectively), divided by the
total volume of adsorbent used. However, for the case of equal extract and
raffinate purities and CA
F ¼ CBF, the productivities of both species are also
equal. For the purity criteria of 99%, the vertex point of a separation region
leads to a productivity characterized by
PR ¼ PRA ¼ PRB ¼ QRC
R
A
Vbed
¼ QXC
X
B
Vbed
¼ 0:99QFC
F
A
Vbed
¼ 0:99QFC
F
B
Vbed
(21)
From Fig. 3, we can conclude that the better SMB operating conditions
only approaches the ones derived by equilibrium theory for mass-transfer
coefficients greater than 0.3 s21.
Influence of Mass Transfer Resistances on g1 and g4
It is interesting to study the importance of the choice of the flow-rate
ratios in Sections 1 and 4, since it affects directly the value of solvent
consumption:
SC ¼ QE þ QF
QF(C
F
A þ CFB )
¼ 1
CFA þ CFB
1þ g1  g4
g3  g2
 
(22)
According to the equilibrium theory, the g3  g2 separation region will be
constant providing that the values for g1 and g4 fulfill the restrictions of g1
min
and g4
max, respectively [see Table 1; Eqs. (19) and (20)]. For the system under
study, the minimum value for solvent consumption arises for the critical
values g1
min and g4
max, and at the vertex point, i.e., g1 ¼ g1min ¼ 3.815,
g2 ¼ 2.745, g3 ¼ 2.997, and g4 ¼ g4max ¼ 2.714. Considering that the feed
concentrations are CA
F ¼ CBF ¼ 5 g/L, the minimum value for the solvent
consumption expected for a 100% pure extract and raffinate, following
equilibrium theory, is SC ¼ 0.537 L/g. However, these operating conditions
are not followed in practice, since it corresponds to a situation where system
robustness is very low. In the previous analysis of the influence of mass
transfer resistances on the g3  g2 separation region, g1 ¼ 5.722 and
g4 ¼ 1.793, was used both far away from the critical values stated by
equilibrium theory. In this case, the vertex point stated by equilibrium
theory (g2 ¼ 2.745 and g3 ¼ 2.997) will lead to a solvent consumption of
SC ¼ 1.659 L/g, which is three times higher than the one obtained under
critical operating conditions. This example shows how the choice of g1 and g4
is also important in SMB operation, and how the vertex point of the g3  g2
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plot can hide completely different situations in terms of process solvent
consumption.
It is our goal to study how mass transfer resistances can affect the choice
of g1 and g4 and to compare it to the constraints concerning Sections 1 and 4
stated by equilibrium theory. First, we studied the influence of the g1 ratio on
the separation regions considering the previous value of g4 ¼ 1.793 and
k ¼ 0.11 s21. The 99% separation region only occurs at g1 ¼ 4.158, which is
greater than the critical value stated by the equilibrium theory (g1 ¼ 3.815).
Also, the 99% separation region only reaches a constant size for a g1 greater
than 6.5. Between those values (4.158 , g1 , 6.5), there is a kind of
transition region in which the separation regions have varying size, as it was
already noticed by Azevedo and Rodrigues for linear systems.[22] Figure 4
presents the three-dimensional plot and the two-dimensional projection on the
g3  g2 plane resulting from the evaluation of the 99% separation regions for
various values of g1. The separation volume is the region in the three-
dimensional plot inside the boundaries of the white regions when g1 is
continuously changed.
A similar procedure was followed to study the influence of the g4 ratio on
the separation regions. Figure 5 presents the g4  g2  g3 three-dimensional
plot and the two-dimensional projection on the g3  g2 plane resulting from
the evaluation of the 99% separation regions for various values of g4, using a
constant value of g1 ¼ 5.722 and k ¼ 0.11 s21. We conclude that the effect of
mass transfer resistance on the critical value for g4 is not so high as it is for g1.
Because the critical value for g4 is not constant but depends on g2 and g3, a
99% separation region can be obtained even for g4 greater than 2.714. For
values of g4 , 2.5 the separation regions reaches a constant size.
From the interpretation of the results obtained in Figs. 4 and 5 we
conclude that, under mass transfer resistances, the g3  g2 separation region
is no longer constant, but depends particularly of the g1 value. Also, the g1
critical value for which there is a separation region is higher than the one
stated by equilibrium theory and depends not only on the equilibrium data,
but also on mass transfer kinetics. We may conclude that, for a complete
description of the operating conditions for SMB operation under nonideal
conditions, it is necessary to evaluate a g1  g2  g3 separation volume
instead of a more simple g3  g2 separation area. To conclude our study, it is
interesting to analyze the evolution of the vertex points of the g3  g2
separation regions obtained under nonideal conditions as a function of g1 and
its consequences on the SMB performance parameters. Figure 6 shows the
results obtained. Due to mass transfer resistances, the 99% separation region
only occurs for g1 higher than 4.158, instead of g1
min ¼ 3.815, stated by the
equilibrium theory. Due to the evolution of the g3  g2 separation regions
presented in Fig. 4, for values of g1 . 4.158, the difference (g3 2 g2) will
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Figure 4. (a) Separation volume for 99% purity in a g1  g2  g3 3-D coordinate
system for g4 ¼ 1.793 and k ¼ 0.11 s21; and (b) 2-D projection on the g3  g2 plane.
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Figure 5. (a) Separation volume for 99% purity in a g4  g2  g3 3-D coordinate
system for g1 ¼ 5.722 and k ¼ 0.11 s21; and (b) 2-D projection on the g3  g2 plane.
Design of SMB Chiral Separations 263
ORDER                        REPRINTS
Figure 6. Influence of the flow-rate ratio in section 1, g1, under nonideal conditions
(k ¼ 0.11 s21), on the vertex point of the g3  g2 separation region: (a) g3 and g2 at the
vertex points; (b) g3 2 g2 at the vertex points (also shown is the value obtained con-
sidering equilibrium theory); and (c) the ratio between the real productivity considering
mass transfer resistance (at the vertex points) and the one obtained considering
equilibrium theory.
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Figure 7. Influence of the flow-rate ratio in section 1, g1, under nonideal conditions
(k ¼ 0.11 s21), on the vertex point of the g3  g2 separation region. (a) Solvent
consumption (also shown is solvent consumption considering equilibrium theory);
and (b) the ratio between the real solvent consumption considering mass transfer
resistance (at the vertex points) and the one obtained considering equilibrium
theory.
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increase until it reaches a constant value [see Fig. 6(b)]. This will influence
the system productivity since this parameter is proportional to the feed flow
rate and to the (g3 2 g2) difference [see Fig. 6(c)]. Figure 7 presents the
comparison in terms of solvent consumption. The typical linear dependence of
solvent consumption on the g1 value found in equilibrium theory is not
obtained under nonideal conditions. The optimum value of g1 in this situation
is not only higher than the critical value stated by equilibrium theory
(g1 ¼ 3.815) but also higher than the lower g1 that allows a 99% separation
region (g1 ¼ 4.158). For the system in study, the optimum value will be
g1 ¼ 4.5.
CONCLUSION
The presence of mass transfer resistances can affect significantly the
performance of the SMB operation, reducing the size of the separation region
and modifying the better SMB operating conditions. Moreover, when mass
transfer resistance is neglected, equilibrium theory states that the critical flow
rate ratios required to achieve enantiomers separation depend exclusively on
the equilibrium data. However, in the presence of mass transfer resistances,
those critical values are more restrictive and should be evaluated through
simulation.
This work shows how mass transfer resistances affect the constraint of
Section 1. Particularly, the typical linear dependence of solvent consumption
on the g1 ratio found in equilibrium theory is not obtained under nonideal
conditions. In this case, simulation results show clearly that the optimum flow
rate ratio in Section 1 is not only higher than the critical value stated by
equilibrium theory, but also higher than the lower g1 value that allows a 99%
separation region. Under nonideal conditions, numerical simulation is
necessary to find a three-dimensional separation volume, instead of a two-
dimensional separation area.
NOTATION
b ¼ Adsorption isotherm parameter, Lfluid/g.
C ¼ Fluid phase concentration, g/L.
DL ¼ Axial dispersion coefficient, cm2/s.
Dc ¼ Diameter of a SMB column, cm.
k ¼ Mass-transfer coefficient, s21.
Lc ¼ Length of a SMB column, cm.
Lj ¼ Length of a TMB section, cm.
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m ¼ Adsorption isotherm parameter, Lfluid/Lparticle.
m ¼ Flow-rate ratio (Table 1).
Pe ¼ Peclet number.
Q ¼ Adsorption isotherm parameter, g/Lparticle.
Q ¼ Volumetric liquid flow rate in the TMB, cm3/min.
Q ¼ Volumetric liquid flow rate in the SMB, cm3/min.
Qs ¼ Solid flow rate, cmsolid3 /min.
q ¼ Average adsorbed phase concentration, g/Lparticle.
q ¼ Adsorbed phase concentration in equilibrium with C, g/Lparticle.
t ¼ Switch time interval, s.
us ¼ Interstitial solid velocity in the TMB operation, cm/s.
Vc ¼ Volume of a SMB column, cm3.
v ¼ Interstitial fluid velocity in the TMB operation, cm/s.
x ¼ Dimensionless axial coordinate.
Greek Symbols
a ¼ Number of mass transfer units.
g ¼ Ratio between fluid and solid interstitial velocities in the TMB operation.
1 ¼ Bed porosity.
l ¼ Adsorption isotherm parameter, l ¼ Qb.
v ¼ Roots of the quadratic Eq. (10).
Subscripts
A ¼ Less retained component.
B ¼ More retained component.
E ¼ Eluent.
F ¼ Feed.
i ¼ Component index (i ¼ A, B).
j ¼ Section index ( j ¼ 1, 2, 3, 4).
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